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Why Membranes Matter: Ion Exchange Membranes in
Holistic Process Optimization of Electrochemical CO2
Reduction

Matthias Heßelmann, Hannah Minten, Tristan Geissler, Robert Gregor Keller,
André Bardow, and Matthias Wessling*

Reducing carbon dioxide to value-added chemicals by electrolysis is a
promising strategy to substitute fossil-based processes. Research on CO2

electrolysis has vastly progressed, focusing on catalysis and electrode design,
leaving an essential question on the central part of the electrolyzer: Which
type of ion exchange membrane is best suited for CO2 electrolysis from an
economic perspective? To address this question, holistic process optimization
of CO2 reduction and product purification is applied. The findings
demonstrate that CO2 electrolysis with an anion exchange membrane shows
competitive production costs for CO of 796 €/tCO, outperforming cation
exchange and bipolar membranes. Unlike often described, the CO2 pumping
effect does not significantly impair the economics but offers an efficient
indirect regeneration of dissociated CO2. Furthermore, the results emphasize
selective reduction of CO2 rather than co-electrolysis of CO2 and H2O. While
pointing to a positive economic perspective, life-cycle assessment highlights
the need to minimize CO2 emissions related to electricity consumption and
incomplete CO2 utilization.
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1. Introduction

Electrification and defossilization of the
chemical industry drive research and de-
velopment of technologies that utilize re-
newable electricity and sustainable car-
bon resources such as CO2.[1] Future
technological developments in this area
must focus on substituting fossil-based
chemicals with large product volumes
and greenhouse gas emissions to reduce
the environmental impact of these chem-
icals significantly.[2,3] Carbon monoxide
and its combination with hydrogen as
syngas are essential building blocks for
the hydrocarbon-based chemical indus-
try, as illustrated in Figure 1. The syn-
thesis products from CO and syngas
comprise bulk and specialty chemicals,
which are either final products or again

feedstocks for other processes.[4] Hence, substituting fossil fuel-
based reactants with sustainably produced CO or syngas could
significantly reduce CO2 emissions in the chemical industry.

Both CO and syngas can be produced from electrolysis. Instead
of fossil fuels such as coal or natural gas, electrolysis utilizes CO2
and water as reactants and renewable electricity as energy input
according to Reactions (1)–(3).

CO2 + H2O + 2e− ←→ CO + 2OH− (1)

2H2O + 2e− ←→ H2 + 2OH− (2)

2H+ + 2e− ←→ H2 (3)

Current research on electrochemical CO2 reduction focuses
on decreasing the energy input and improving the CO2 uti-
lization even when operating at industrially relevant current
densities.[5–10] While many of these reports address important as-
pects to improving CO2 electrolysis by the development of func-
tional electrode materials, the design of efficient cell configura-
tions, the control of process conditions and reactant transport,
one essential question is not yet fully answered: Which ion ex-
change membrane is the best suited for electrochemical CO2 re-
duction in terms of economics?

The ion exchange membrane controls ion transport from
one electrolyzer half-cell to the other and affects the reaction
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Figure 1. Potential electrochemical products of CO and syngas from renewables and resulting products. Further reactants are not shown for reasons of
simplicity.

Figure 2. Schematic illustration of the electrolyzer configurations with an anion exchange membrane (AEM) (left), bipolar membrane (BPM) (center),
and a cation exchange membrane (CEM) (right). The electrolyzer design configurations are adapted from the experimental works used in this study.[5,11,12]

environment at the electrodes, the mass balance of the whole
process, and, thus, the overall electrolyzer performance, that is,
Faradaic efficiency, cell voltage, and long-term operation stabil-
ity. However, the question of which ion exchange membrane is
best suited cannot be answered by focusing on the electrolyzer
alone because downstream processing will significantly change
depending on the membrane type.

Figure 2 presents the three types of ion exchange membranes
that are mainly used in CO2 electrolysis: anion exchange mem-
branes (AEMs) for the selective transport of anions, for example,
OH−, cation exchange membranes (CEMs) for the selective trans-
port of cations, for example, H+, and bipolar membranes (BPMs),
which are composed of an AEM laminated to a CEM. So far, stud-
ies on CO2 electrolysis to CO using AEMs report among the best
performance in terms of energy and Faradaic efficiency.[5,13–16]

However, a significant drawback often accounted to AEMs is the
CO2 pumping effect due to crossover of HCO−

3 and CO2−
3 from

the cathodic to the anodic half-cell and the subsequent protona-

tion to CO2, as illustrated in Figure 2.[17] Ma et al.[16] found that
70% of the gaseous CO2 at the cathode is captured in the catholyte
and transported through the AEM to the anode, where it leaves
the process in a mixture with, for example, O2 from oxygen evo-
lution reaction (OER). Thus, substantial amounts of the reactant
are either lost or have to be separated from other gases evolv-
ing at the anode, resulting in additional costs. Moreover, AEMs
are prone to a combination of chemical and mechanical stabil-
ity issues, such as polymer degradation in highly basic environ-
ment, increased solubility in liquid CO2 reduction products, and
swelling.[18] However, strategies to address these issues can be
adapted from other electrochemical applications and comprise
crosslinking,[19] reinforcement,[20] and new material design.[21,22]

BPMs can be operated in two modes: the forward bias and the
reverse bias mode. In the forward bias mode, the CEM faces the
anode, and the AEM faces the cathode. This configuration has
the advantage of maintaining a basic pH value in the catholyte,
which is beneficial for CO2 reduction. The CEM prevents the
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crossover of HCO−
3 toward the anode to mitigate CO2 losses at

the anode. On the downside, gaseous CO2 may be released in
the interface between the CEM and AEM, leading to delamina-
tion of the membrane.[23] However, several attempts have been
developed recently to address the stability issue in the forward
bias mode. Kim et al.[24] used a porous ion-conducting sulfonated
polymer electrolyte sandwiched by the CEM and AEM to recover
evolving CO2 gas between the membranes. In another approach,
Pătru et al.[23] and also O’Brien et al.[25] introduced a bipolar
membrane-like configuration by pressing a CEM onto a gas dif-
fusion electrode coated with an alkaline ionomer layer. The thin
ionomer layer allows evolving CO2 to permeate from the inter-
facial junction back to the electrode without compromising the
characteristics of the forward bias mode. Moreover, BPMs with a
3D interfacial junction, as introduced by Shen et al.,[26] can over-
come delamination issues due to increased mechanical strength
from interpenetrating anion and cation exchange polymer fibers
at the CEM–AEM interface.

The reverse bias mode, as shown in Figure 2, has a great ad-
vantage compared to using CEM and AEM alone: ion crossover
can be mitigated, enabling the use of different electrolytes in the
catholyte and anolyte compartments. This degree of freedom is
especially advantageous for the electrochemical CO2 reduction,
as it enables using cost-effective, non-noble anode catalysts such
as nickel.[27] A direct comparison of the forward and reverse bias
modes by Blommaert et al.[28] shows that the reverse bias mode
enables more stable product formation by mitigating salt precip-
itation in the electrode. On the other hand, water dissociation at
the membrane junction in the reverse bias mode leads to a sig-
nificant potential increase. However, using a water dissociation
facilitating catalyst layer sandwiched by the CEM and AEM drasti-
cally decreases the additional potential increase, as demonstrated
in water electrolysis.[29]

The third class of ion exchange membranes used in low-
temperature CO2 electrolysis are CEMs. CEMs such as Nafion
are widely used and well established in other electrochemical pro-
cesses, for example, in fuel cells and water electrolysis and are
commercially available on a large scale.[30] The major drawback
of using CEMs in CO2 electrolysis is the typically increased pres-
ence of H+ ions at the membrane surface, which usually requires
the implementation of a buffer layer between the membrane and
the electrode.[12,13] However, recent studies report notable CO
Faradaic efficiencies in acidic zero-gap electrolyzers when using
single-atom catalysts such as nickel–nitrogen-doped carbon,[31]

employing protective nanocages encapsulating the catalyst,[32]

and tuning the ratio of H+ and alkali cations crossing over from
the anolyte.[33]

Several experimental studies discuss the advantages and dis-
advantages of each membrane type on electrochemical CO2
reduction.[11,16,17,23,28,34–38] However, future research in the field
would benefit from a comparison of the economic and environ-
mental potential of the various electrolyzer configurations.

Techno-economic analyses of CO2 electrolysis discuss vari-
ous products and evaluate influencing parameters.[39–46] Only re-
cently, researchers also began to systematically study the techno-
economics and environmental impacts of different ion exchange
membrane reactors for CO2 conversion.[44,46] Pribyl-Kranewitter
et al.[46] simulated common electrolyzer designs for CO2 electrol-
ysis to CO and formic acid and product separation in Microsoft

Excel and Aspen Plus. However, they only considered fixed op-
erating points without flowsheet optimization. Shin et al.[44] pre-
sented an economic evaluation of an AEM and BPM electrolyzer
configuration for CO2 electrolysis. Their results demonstrated
that the production costs for CO are competitive with conven-
tional processes. Furthermore, Shin et al. elucidated how the ion
exchange membrane can address electrolyte regeneration in CO2
electrolysis. However, even though the study highlights impor-
tant aspects regarding the economic assessment and comparison
between the AEM and BPM electrolyzer configuration, the sim-
plified representation of the processes does not allow a profound
evaluation of mass and energy balances and, thus, investment
and operational costs. Therefore, the literature needs a holistic
approach to identifying an optimal process configuration and op-
eration point of electrolysis and downstream processing to min-
imize the overall production costs of electrochemical CO2 reduc-
tion products. Roh et al.[47] presented a globally optimized pro-
cess for flexible operation of electrochemical CO2 reduction and
separation of the product stream. Yet, they only considered a one-
side buffered CEM electrolyzer configuration which might be
less efficient and profitable compared to other electrolyzer config-
urations. Furthermore, Roh et al. did not model the downstream
processing on a detailed level. However, the separation process
needs rigorous consideration to investigate the achievable puri-
ties of the desired products and assess recycle streams and losses
in the overall process.

In this work, we present a holistic approach to optimize and
assess the economics of the electrochemical CO2 conversion to
CO or syngas by accounting for different electrochemical mem-
brane reactor configurations. The mass and energy balances for
each electrolyzer are based on state-of-the-art literature data. The
downstream processing of the anodic and cathodic gas outlet
streams is implemented using membrane gas permeation. Mem-
branes offer unique advantages in terms of flexible operation,
scalability, and costs, making them a viable option for down-
stream processing of the electrolysis off-gases.[48–50] The process
flowsheet and operational parameters are optimized to minimize
the specific production costs of the desired product.

Additionally, the cost-optimal system configuration is exam-
ined regarding its environmental impacts in a life-cycle assess-
ment (LCA) and benchmarked with state-of-the-art processes
to assess the potential of substituting conventional synthesis
routes. A few publications have been dedicated to the LCA
and carbon footprinting of low-temperature electrochemical CO2
reduction.[46,51,52] However, they either do not consider CO or syn-
gas as products or use simplified assumptions for process data.
Therefore, we investigate the environmental impact of electro-
chemical CO2 reduction and its benchmark technologies to iden-
tify mitigation potentials. We derive process optimization strate-
gies for minimizing the global warming impact (GWI) and in-
vestigate potential burden-shifting to other areas of environmen-
tal damage.

With our work, we can therefore elucidate the following re-
search questions on electrochemical membrane reactors and
holistic process design:

• Which electrolyzer configuration is most economical for CO
and syngas production?

• Which process parameters are key to increasing profit?
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Figure 3. Simplified block flow diagram of the process for electrochemical CO and H2 production from CO2 and H2O. The blue blocks and streams are
only considered for the AEM electrolyzer and the production of H2 in water electrolysis, respectively.

• Is it economical to operate CO2 electrolysis to produce both
carbon monoxide and hydrogen as syngas?

• Does the CO2 pumping effect in AEMs negatively influence
the overall process economics as often described, or could it
offer advantages?

• How does the optimized CO2 electrolysis process compete
with alternative processes economically and environmentally?

• How can the GWI of CO2 electrolysis further be decreased?

2. Results and Discussion

Holistic process optimization has been employed to determine
the optimal process flowsheet and operating conditions of elec-
trochemical CO2 reduction to CO or syngas.

Figure 3 sketches the process layout: CO2 and H2O are con-
verted to CO and H2 in an electrolyzer. Experimental data from
state-of-the-art CO2 electrolysis literature is used to fit regression
models that account for energetics and mass conversion.[5,11,12]

Here, the most prominent electrolyzer configurations in low-
temperature CO2 electrolysis using AEMs, BPMs, and CEMs are
compared. The cathodic product stream is purified in the separa-
tion process to meet the desired specifications. In this work, the
downstream processing of the gaseous products is achieved by
adsorptive drying and membrane gas permeation. For the AEM
electrolyzer configuration, CO2 crossover is considered, and the
amount of CO2 in the anodic off-gas being purified and recycled
or emitted to the atmosphere is an optimization task. For syngas
production, additional H2 is purchased from H2O electrolysis.
The ratio of H2 produced in CO2 electrolysis and H2 purchased
is a degree of freedom in the optimization. The desired products
in this study are CO with a purity of ⩾98% as, for example, used
in phosgene production, and syngas with H2:CO ratios of 1:1
and 2:1 used, for example, in oxo-synthesis and Fischer–Tropsch
synthesis, respectively.[53–55] For scaling the syngas processes, the
product streams are set to the same heating value as the CO prod-

uct gas stream. A more detailed description of the model and the
process units is given in the Experimental Section.

The objective of the holistic optimization is to minimize the
specific production costs (€/tproduct) of the overall process by
adapting the process configuration, that is, the process flowsheet,
the ratio of recycle and purge streams, and the selection of the gas
permeation membrane materials, as well as relevant process pa-
rameters, that is, the current density of the electrolyzer, the elec-
trode area, the compression ratio, and the gas permeation mem-
brane area. Based on the process optimization, economics, and
environmental impacts are investigated.

The environmental impact of electrochemical CO2 reduction
to CO and syngas are investigated by evaluating the economi-
cally optimized process setup using the LCA methodology.[56,57]

Our LCA study identifies the main contributors to the environ-
mental impact of electrochemical CO2 reduction using a holistic
set of impact categories.[58] Applying different decarbonization
scenarios, electrochemical CO2 reduction is benchmarked to cur-
rent synthesis routes of CO or syngas. By assessing electrochem-
ical CO2 reduction and competing processes in comparison, this
study aims to provide a frame of reference for the environmen-
tal impact and its drivers. Moreover, potential areas for process
improvement in terms of GWI are derived.

2.1. Electrochemical Membrane Reactor Configuration for CO
and Syngas Production

The specific production costs for CO using the AEM electrolyzer,
as shown in Figure 4, are 796 €/tCO and lower than those using
the BPM and CEM reactor with 837 €/tCO and 1 071 €/tCO, respec-
tively. The CO prices from conventional state-of-the-art produc-
tion processes reported in the literature cover a wide range from
522 €/tCO to 1 070 €/tCO attributed to uncertainties in the source
of CO.[39,42] Thus, the CO2 electrolysis processes considered in
this study already achieve competitive CO production costs.
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Figure 4. Specific production costs for the different reactor configurations
and products CO and syngas (1:1, 2:1), respectively. The costs are divided
into expenditure for the electrolysis process (Electrol.), the downstream
processing (DSP), the reactants CO2 and H2, as well as other process-
related expenditures like CO2 emission costs and costs for deionized wa-
ter. The electrolysis and the downstream processing expenses comprise in-
vestment, operational, replacement, and maintenance costs. The dashed
lines represent CO prices from the literature.[39,42]

The electrolyzer is the main cost driver in CO production and
constitutes 75–84% of the total production costs. Similar val-
ues are reported in the literature.[44] The costs for electrolysis
are mainly responsible for the cost difference between the three
electrolyzer configurations and are the lowest for the AEM elec-
trolyzer.

The expenditures for separating the product gases are slightly
higher for the AEM reactor, making up 16% of the total pro-
duction costs. The higher downstream processing costs are at-
tributed to the additional separation of the anodic off-gas due to
the crossover of CO2, which is about 8% of the total production
costs. A similar share of anodic downstream processing costs of
≈6%, that is, 18 €/tCO assuming linear depreciation and the cur-
rency conversion factor used in our study, was also reported by
Shin et al.[44] It needs to be mentioned that the plant capacity in
the work of Shin et al. is about a factor 4.6 smaller compared to
this study. Therefore, lower operational and capital expenditures
lead to deviations in absolute costs.

The optimized flowsheet presented in Figure 5 assumes a
CO2:O2 ratio of 2:1 in the anodic gas outlet stream of the AEM
electrolyzer, which means that the crossover of CO2−

3 dominates.
In the base case scenario, the optimization results that it is more
economical to recycle CO2 with a purity of ⩾ 98% than emitting it.

The flowsheets for the BPM and CEM electrolysis processes for
CO production are presented in Figures S5 and S6, Supporting
Information. At the operation point of the BPM and CEM elec-
trolyzers, listed in Table 1, the Faradaic efficiency of CO is about
89% and 82%, respectively. Thus, substantial amounts of H2 are
co-produced but not purified and are not considered an additional
valuable product when pure CO is the target product. In future

work, implementing a second objective function—the minimiza-
tion of H2 production costs—could improve the economics of the
BPM and CEM electrolysis processes and make them more com-
petitive. In the optimized flowsheets, the permeate stream of the
second membrane step is mainly recycled into the gaseous feed
of the electrolyzer. The mole fraction of CO2 in the feed thereby
decreases to about 70 mol%, for example, for producing pure CO
using a BPM electrolyzer. In this work, it is assumed that the de-
creased CO2 feed fraction does not have an impact on the electro-
chemical CO2 reduction, which is valid for CO2 fractions between
60 mol% and 100 mol% as shown by Kim et al.[59] At higher
potentials, as considered in the work of Kim et al., a further
decrease in the CO2 feed fraction, however, would lower the pro-
duction rate of CO due to mass transport limitations.[60] In future
work, more rigorous models of the electrolysis process need to
be implemented in the optimization model to consider the detri-
mental effect of decreasing CO2 feed fractions at high current
densities.

For the production of syngas with ratios of 1:1 and 2:1, the pro-
cess using the BPM electrolyzer shows the lowest specific produc-
tion costs with 1 111 €/tsyngas and 1 411 €/tsyngas, respectively. The
respective flowsheets of the two processes are given in Figures 6
and 7. Low downstream processing expenditures and costs for ad-
ditional H2 result in lower production costs compared to the AEM
and CEM electrolyzer when using the BPM electrolyzer. How-
ever, the AEM electrolysis process costs are in a similar range. For
both syngas products, the costs for electrolysis with the CEM con-
figuration strongly dominate due to a high cell voltage and large
electrode areas needed, even though more H2 is produced in the
CEM electrolyzer than in the other two. The specific production
costs and the flowsheets of the BPM electrolysis processes show
that most of the H2, that is, ≈87% contained in the syngas is pur-
chased from water electrolysis. The amount of purchased H2 is
even higher for the 2:1 ratio (93%). The same applies to the other
electrolyzer configurations as shown in Figures S7–S10, Support-
ing Information. In turn, the CO2 electrolyzer is operated at a
point where mostly CO is produced in syngas production. These
findings emphasize that CO2 electrolysis should be used and op-
timized for CO production only and not for the co-production
of CO and H2. For syngas production, a combination with water
electrolysis is economically more promising.

The electrolyzer constitutes 39–69% of the overall capital ex-
penditures (CAPEX) for the AEM and CEM electrolyzer in CO
production, as shown in the left graph in Figure 8. The wide
range is mainly attributed to the different operating current den-
sities of 230 and 58 mA cm−2 as identified in the holistic opti-
mization as a trade-off between CAPEX and operational expendi-
tures (OPEX). The lower current density leads to a significantly
larger electrolyzer area for the CEM configuration to achieve the
required production rate. Assuming the CEM electrolyzer in the
base case scenario can operate at industrially relevant current
densities (200 mA cm−2),[61] the CAPEX can be reduced by 50%
due to the smaller electrode area. But more impactful is the de-
crease in the related catalyst and CEM replacement costs by 30%,
resulting in specific production costs of ≈ 870 €/tCO. Thus, con-
sidering the aforementioned recent progress in acidic CO2 elec-
trolysis, it might become more profitable in the future.

Compared to CO production, the decrease in the expenses for
the production of syngas is attributed to the lower production
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Figure 5. Flowsheet of electrochemical CO production using an AEM electrolyzer for the base case scenario. The water removal unit is not shown in
the flowsheet, as only the costs for water removal are taken into account. The anodic downstream processing is only shown as a block because it is
not modeled rigorously in the overall process flowsheet but is considered as a surrogate model. The gas permeation membrane materials used in the
process are Polyimide and PEBAX, a trademark from Arkema.

Table 1. Key operational parameters of the electrolyzer in the base case
scenario.

Parameter AEM BPM CEM Unit

Current density 230 70 58 mA cm−2

Cell voltage 3.0 2.8 3.0 V

CO Faradaic efficiency 95 89 82 %

Per-pass conversion 20 20 20 %

Anodic CO2:O2 ratio 2:1 – – –

capacity and purity of CO from CO2 electrolysis and the lower
effort for downstream processing as the total product flow rate
decreases when keeping the heating value of the product stream
constant. The distribution of investment costs between the elec-
trolysis and downstream processing are fairly similar for the dif-
ferent products.

The right graph in Figure 8 shows that the OPEX for electrol-
ysis dominates. The OPEX of the AEM and BPM processes are
fairly similar. The main cost driver of electrolysis is the electric-
ity demand. The electricity costs account for 92% and 75% of the
electrolysis-related OPEX for the AEM and CEM electrolyzer, re-
spectively. The share of electricity costs is lower for the CEM elec-
trolyzer even though the electricity demand is greater (60 MW
for AEM and 70.4 MW for CEM). The increased electricity de-
mand is attributed to the worse energetics of the CEM com-
pared to the AEM electrolyzer. The underlying experimental data

for the AEM (Liu et al.[5]) electrolyzer was generated in a zero-
gap cell assembly, whereas a one-sided buffered cell design was
chosen for the CEM electrolyzer (Vennekötter et al.[12]). As the
acidic environment of the CEM promotes hydrogen evolution re-
action (HER) at the cathode, the buffer layer is typically neces-
sary between the cathode and the membrane, causing additional
ohmic voltage losses.[12,13] However, some studies demonstrate
that CO2 reduction may work in an acidic or zero-gap assembly
with a CEM showing superior CO2 utilization rates compared to
AEM electrolyzers.[32,33,62–65] Yet, most of these studies are not on
the level of buffered CEM and AEM characteristics in terms of
Faradaic efficiency and cell voltage. Only most recently, Li et al.[31]

achieved up to 95% CO Faradaic efficiency and 3.6 V at a current
density of 500 mA cm−2 using a Ni–N–C catalyst in a CEM zero-
gap electrolyzer design. Even though the work of Li et al. shows a
promising perspective for acidic CO2 electrolysis, long-term sta-
bility of the process and the Ni–N–C catalyst was only shown for
a few hours with a decrease in Faradaic efficiency, a loss of elec-
trode hydrophobicity, and slight formation of carbonate salt visi-
ble after only 8 h of the experiment. The remaining electrolysis-
related OPEX are attributed to replacement costs, which have
an increased influence on the economics of the CEM electrol-
ysis process. IrOx needs to be used as an anode catalyst in the
AEM and CEM configuration because of the neutral to acidic pH
in the anolyte.[66] The use of the noble catalyst material results
in increased electrolyzer replacement costs which are even more
pronounced for the CEM electrolyzer due to the large electrode
areas which need to be replaced. Thus, these costs show a more
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Figure 6. Flowsheet of electrochemical syngas (ratio 1:1) production using a BPM electrolyzer for the base case scenario. The water removal unit is not
considered in the flowsheet, as only the costs for water removal are taken into account. The gas permeation membrane material used in the process is
PEBAX.

Figure 7. Flowsheet of electrochemical syngas (ratio 2:1) production using a BPM electrolyzer for the base case scenario. The water removal unit is not
considered in the flowsheet, as only the costs for water removal are taken into account. The gas permeation membrane material used in the process is
PEBAX.
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Figure 8. a) CAPEX and b) OPEX for the different reactor configurations and production of CO and syngas (1:1, 2:1), respectively. The heating value is
kept constant for the three products. The CAPEX comprises investment costs for CO2 electrolysis and costs for downstream processing. In this study,
H2 from water electrolysis is purchased and only considered in the OPEX. The OPEX comprises expenses related to the electrolysis, the downstream
processing, the reactants CO2 and H2, and other operation-related expenditures. The electrolysis and downstream processing OPEX include electricity
costs and components replacement. Minor expenditures, that is, costs for deionized water and maintenance, are summed up to other process-related
costs. A more detailed overview of the different cost contributors is specified in the Experimental Section.

Table 2. Economic and technical parameters considered in the sensitivity
study.

Parameter Worst case Base case Best case Unit

Electricity price 0.135 0.09 0.045 €/kWh

Bare module costs electrolyzer +30 0 −30 %

CO2 feedstock price 45 22 0 €/tCO2

CO2 certificate price 50 25 0 €/t

Cell voltage +40 0 −40 %

Faradaic efficiency CO −20 0 +20 %

Per-pass conversion 10 20 30 %

significant contribution (8%) to the electrolysis-related OPEX
compared to the BPM electrolysis process (1.6%).

2.2. Sensitivity of Economics Toward Uncertainties

The previous results highlight that electrochemical CO2 reduc-
tion should be applied and optimized for the selective electro-
chemical reduction of CO2 to CO and not for the co-electrolysis
to syngas. Therefore, the following results and discussion focus
on the production of pure CO only. Attributed to the low maturity
level of CO2 electrolysis and the associated uncertainty of techni-
cal end economic parameters, the sensitivity of the production
costs toward changes in the most relevant influencing factors
is assessed. The process flowsheet and operation point are op-
timized for each scenario in Table 2. The operating parameters
of the electrolyzers in the best and worst case scenarios are given
in Tables S4–S6, Supporting Information.

The most significant influence on the specific production costs
in Figure 9 is seen for a change in electricity price: The electricity
price of the basic scenario is assumed to be 0.09 €/kWH accord-
ing to the German industry electricity price from 2017.[67] The

variation of the price by +50% covers the expected German in-
dustry electricity price of 2030, assuming the phase-out of coal-
fired power generation.[68] The lower limit of −50% is, for ex-
ample, reached by Norway, whose electricity production is solely
based on hydropower.[69] The change in electricity costs affects
both the CO2 electrolysis and the downstream processing. How-
ever, due to the minor contribution of the downstream process-
ing costs to the overall production costs, as presented in Figure 4,
the significant sensitivity toward the electricity price is mainly at-
tributed to the electrolysis process. The electricity costs for the
AEM, BPM, and CEM electrolysis processes account for 67.5%,
63.8%, and 59.1% of the specific production costs. The impact
of the electricity price on the AEM electrolysis process is slightly
more pronounced compared to the BPM and CEM process con-
figurations due to the higher share of electricity costs for the AEM
electrolyzer, as mentioned before. However, despite the signifi-
cant contribution of electricity costs to the production costs of
the AEM electrolysis process, the absolute production costs are
still comparatively low due to the superior energetics of the elec-
trolyzer.

The bare module costs of the electrolyzers have been calcu-
lated based on material costs for the main components, that is,
the electrode catalysts, the ion exchange membrane, the housing,
and the periphery. In the basic scenario, the costs are calculated to
1 050 €/m2 for the AEM, 780 €/m2 for the BPM, and 1 030 €/m2

for the CEM electrolyzer configuration. These costs are in a com-
parable range to those reported in the literature.[39,40,42] When
varying the bare module costs between −30% and +30%, the
specific production costs respond nearly linear to the change as
shown in Figure 9. A symmetric deflection in the tornado charts
expresses a linear response of the specific production costs as it
can also be taken from the line diagrams in Figures S12–S17,
Supporting Information. The CEM electrolyzer process config-
uration shows the highest sensitivity toward electrolyzer invest-
ment costs. Intuitively, an increase in electrolysis capital costs
would be compensated by decreasing the electrode area. That, in
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Figure 9. Sensitivity of the different reactor configurations for CO production toward a change in economic parameters.

turn, increases the current density of the electrolyzer to maintain
the desired production capacity of the plant. Such a relationship
can be seen for the AEM electrolyzer in Figure S18, Supporting
Information, where the change in the bare module costs is com-
pensated by the change in electricity costs due to the variation of
the current density. Consequently, the specific production costs
show negligible sensitivity to the capital costs of the electrolyzer.
However, due to the poor energetics of the CEM electrolyzer, the
electrode area, and the current density are only varied slightly by
the optimizer for a change in bare module costs. Therefore, the
CAPEX for the electrolysis is only partially balanced, leading to
higher and lower production costs when increasing and decreas-
ing the bare module costs, respectively.

The sensitivity of specific production costs toward the CO2
price and the CO2 emission costs behave similarly. Production
costs using the BPM and CEM electrolyzer exhibit a nearly linear
change. The impact of the CO2 price is more pronounced than
the one of CO2 emission costs because of the larger contribution
to the overall production costs, as shown in Figure 4. The opti-
mizer does not vary the operation point of the electrolyzer for the
different scenarios in both sensitivity parameters. However, an
increase in the CO2 price or the CO2 emission costs increases
the overall CO2 utilization rate, meaning less loss of CO2 in the
downstream processing. The CO2 utilization rate is the share of
CO2 in the feed gas that is converted to the final product CO.
Between the worst case scenario and the best case scenario of
the CO2 price, the CO2 utilization rate varies between 90%–85%
for the BPM and 87%–81% for the CEM electrolyzer (same val-
ues for the CO2 emission costs). The change in utilization rate is
mainly attributed to the amount of CO2 that is lead out in the per-
meate stream of the first gas permeation membrane step. When
increasing the CO2 price or the CO2 emission costs, the mem-
brane is scaled down by the optimizer, and so is the CO2 flux
through the membrane. The non-linear trend in the AEM elec-

trolysis process toward the CO2 price and the CO2 emission costs
is attributed to a change in the process flowsheet: At a certain
point for decreasing CO2 prices (19 €/tCO2

) and CO2 emission
costs (20 €/tCO2

), the anodic off-gas is not separated anymore but
emitted to the environment. The change in treating the off-gas
leads to a more pronounced decrease in the CO production costs
because additional costs for the anodic downstream processing
are omitted.

The electrolysis process contributes most to the overall pro-
cess cost and reacts most sensitively to changes in economic pa-
rameters. Hence, further optimization of the electrolyzers is re-
quired. Figure 10 therefore shows how the change of relevant
technical electrolysis parameters influences process economics.
In the sensitivity study of the cell voltage, the output data of the
regression models, that is, the polarization plots, are shifted by
+/− 40% from the base case scenario plots. The cell voltage sig-
nificantly influences the CO production costs. Furthermore, cell
voltage variations solely affect the operation of the electrolyzer
but not the downstream processing when keeping the product
requirements constant. Therefore, the sensitivity trend in the
tornado chart toward the cell voltage is fairly linear. Moreover,
due to the high share of electricity costs for electrolysis in the
production costs with the AEM electrolyzer process, the change
in cell voltage shows a more pronounced influence. The opera-
tion point of the AEM electrolyzer changes from 230 mA cm−2

(3 V) to 405 mA cm−2 (1.9 V) and 158 mA cm−2 (4 V) in the
best and worst case scenarios, respectively. Thereby, the electric-
ity demand increases from the best to the worst case scenario
from 38 to 80 MW, and the electrode size increases from 5000 to
12 800 m2.

The CEM electrolyzer process shows the lowest sensitivity to-
ward a change in Faradaic efficiency for CO. Even though in the
best case scenario, the CEM electrolyzer allows to operate at a
point with Faradaic efficiencies for CO of up to 89% at current
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Figure 10. Sensitivity of the different reactor configurations for CO production towards a change in technical parameters of the electrolyzer.

densities below 40 mA cm−2, the operation point of the elec-
trolyzer is not varied significantly from the basic scenario (58 mA
cm−2 and 82% Faradaic efficiency for CO). In the worst and best
case scenarios, the current density of the electrolyzer is optimized
to 55 mA cm−2 (79% Faradaic efficiency for CO) and 61 mA- cm−2

(85% Faradaic efficiency for CO), respectively. Thus, mostly en-
ergetics but also capital costs of the electrolyzer determine the
operation point even when the Faradaic efficiency is improved.
However, recent trends in acidic zero-gap CO2 electrolysis can
overcome the poor energetics and mass transport issues at ele-
vated current densities in buffered CEM configurations by reduc-
ing ohmic voltage losses and suppressing detrimental carbonate
formation.[31]

In contrast, the AEM and BPM electrolysis processes are more
susceptible to variations in the Faradaic efficiency. It must be
noted that for the AEM and BPM electrolyzer, an increase of the
Faradaic efficiency by ≈5% and ≈12% already lead to an efficiency
of 100%, resulting in a nonlinear trend in the tornado charts. For
the BPM electrolyzer, the operation point is optimized to 70 mA
cm−2 (71% Faradaic efficiency for CO) and 111 mA cm−2 (100%
Faradaic efficiency for CO) in the worst and best case scenario,
respectively. In the worst case scenario, the current density is not
changed significantly compared to the base case scenario (68 mA
cm−2 and 89% Faradaic efficiency for CO) as higher current den-
sities would lead to even lower Faradaic efficiencies and also
higher cell voltages. However, larger electrode areas are needed
at the lower current density to achieve the required production
capacity. Hence, the energy demand of the electrolyzer increases
from 60 MW in the base case to 75 MW in the worst case. The ex-
penses for the downstream processing also increase between the
base and worst scenarios by 44%. At large, the increase in electrol-
ysis and separation costs leads to the strong influence of Faradaic
efficiency on production costs. Consequently, improvements in
mass transport of CO2 to the catalyst sites and suppression of the
HER in BPM electrolyzers, by, for example, modification of the
gas diffusion electrode using functional ionomers, could improve
the process economics.[8,70] Most AEM electrolyzers reported in

the literature already reach high Faradaic efficiencies for CO pro-
duction because of the alkaline environment at the cathode and
the resulting absence of H+ ions.[5,7,22,71] The strong sensitivity
when decreasing the Faradaic efficiency, however, underlines the
importance of investigating and optimizing long-term stability
in AEM electrolyzers to maintain a constant operating point. Xu
et al.,[71] for example, presented a self-cleaning strategy by pe-
riodic operation of the electrolyzer and were able to operate at
constant Faradaic efficiency for more than 157 h. Furthermore,
Petrov et al.[72] showed that casting membranes with internal
micro channels significantly improves water management and
potassium crossover, increasing energy efficiency and long-term
stability of CO2 electrolyzers.

The per-pass conversion of CO2 to CO is 20% in the base case
scenario and is varied between 30% (+50%) and 10% (−50%).
The variation of the per-pass conversion causes a non-linear
change in specific production costs with a more pronounced sen-
sitivity to a decrease in the per-pass conversion than an increase.
The lower per-pass conversion leads to a dilution of the cathodic
gas stream and, when keeping the desired production capacity
constant, also to a larger gas flow rate in the downstream pro-
cessing. The electrolyzer is not scaled, and the optimizer does
not change the operating point when varying the per-pass con-
version. Thus, the elevated specific production costs are mainly
attributed to increased energy consumption in the compression
and larger gas permeation membrane areas to separate CO2. For
the AEM electrolyzer, for example, the share of costs for down-
stream processing in the overall production costs increases from
16% to 22% when changing the CO2 per-pass conversion from
20% to 10%. Additionally, the CO2 utilization rate decreases for
the lowest per-pass conversion, for example, from 85% to 73% for
the CEM electrolyzer. Thus, larger expenditures for CO2 emis-
sions and replenishment need to be considered for lower CO2
per-pass conversions.

Interestingly, an increase in the per-pass conversion to
state-of-the-art values of around 20–30% reported by differ-
ent groups[9,73,74] does not significantly improve the specific
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production costs. When increasing the per-pass conversion, less
unconverted CO2 is in the downstream flow of the electrolyzer,
thus lowering the CO2 mole fraction and the total flow rate of the
cathodic gas outlet stream. The lower flow rate reduces the down-
stream processing unit sizes, whereas the lower partial pressure
of CO2 in the downstream needs to be compensated by an in-
crease in compression ratio to maintain a sufficient driving force
for gas permeation. As the compressor is the main cost driver in
the downstream processing, the trade-off between unit size and
compression ratio mainly causes the non-linear behavior in Fig-
ure 10 when changing the per-pass conversion. To overcome this
trend, alternative technologies for gas purification could be con-
sidered, for example, absorption and adsorption.

The sensitivity toward the per-pass conversion is similar for all
three electrolyzer configurations but with a slightly lower ampli-
tude for the CEM electrolyzer due to a lower share of downstream
processing costs in the production costs. It must be mentioned
that a change in per-pass conversion is assumed not to affect the
electrolysis process. However, in real systems, the per-pass con-
version results from many influencing factors, for example, the
CO2 feed flow rate and composition, the electrolyte, the struc-
ture and composition of the gas diffusion electrode, and the tem-
perature and pressure. Thus, changes in these parameters would
also affect the operation of the electrolyzer and, therefore, expen-
ditures for electrolysis. Furthermore, Jeng et al.[74] showed that
increasing the per-pass conversion by decreasing the CO2 feed
flow rate also increases the fraction of CO2 being converted to
carbonates. Thus, also increased costs for the anodic downstream
processing are expected.

In summary, the sensitivity study highlights three major in-
fluencing factors on the economics of the CO2-to-CO electrolysis
process: the electricity price, the cell voltage, and the Faradaic ef-
ficiency. Therefore, the future development in CO2 electrolysis
process needs to focus on decreasing the electricity demand of
the electrolyzer as well as improving the reactant mass transport.
The AEM electrolyzer configuration already shows promising re-
sults due to the energetically efficient zero-gap cell design and the
favorable conditions at the electrode. However, a major obstacle
often associated with the application of AEMs in CO2 electrolysis
is the HCO−

3 and CO2−
3 crossover, which leads to the evolution of

CO2 at the anode side.[17,28] Therefore, the following section deals
with this subject in more detail.

2.3. CO2 Crossover in AEM Reactors

Figure 11 presents the specific production costs for CO and the
CO2 utilization rate of the overall process for different CO2:O2
ratios which refer to the crossover of solely OH− (0:1), CO2−

3
(2:1), or HCO−

3 (4:1). The specific production costs are the low-
est for a CO2:O2 ratio of 0:1, at which no CO2 evolves at the
anode and no purification of the anodic off-gas or expenditure
for CO2 emission costs is required. The costs increase by ≈8.5%
when CO2−

3 becomes the dominant permeating species indicat-
ing that the expenditures for the anodic downstream process-
ing do not contribute significantly to the overall process costs,
as mentioned before. When the CO2:O2 ratio changes from 2:1
to 4:1 for HCO−

3 crossover, the specific production costs do not in-
crease significantly. In the anodic downstream processing, CO2 is

Figure 11. Specific production costs and CO2 utilization rate for an AEM
electrolyzer and the production of CO at different CO2:O2 ratios in the
anodic off-gas. The different CO2:O2 ratios result from the crossover of
either OH−, CO2−

3 , or HCO−
3 .

concentrated in the permeate of the two-step membrane gas per-
meation process. As gas permeation is a partial pressure-driven
process, increasing the concentration of the faster-permeating
component in the feed results in a higher driving force for sep-
aration. Hence, the expenditures for purification of the anodic
off-gas only increase slightly because of the higher flow rate of
CO2 evolving at the anode. Simultaneously, the CO2 utilization
of the overall process decreases from 92% to 79% and 75% when
CO2−

3 and HCO−
3 become the dominant permeating species in

the AEM. The lower CO2 utilization for the case of CO2 evolu-
tion at the anode is attributed to the higher loss of CO2 in the
anodic downstream processing.

Summarizing, CO2 pumping does not significantly impair
the economics of the AEM-based process even for the highest
CO2:O2 ratio, when membrane gas permeation is used to sepa-
rate CO2 and O2. Moreover, the recovery of gaseous CO2 from
CO2−

3 and HCO−
3 crossed over the AEM implies an additional ad-

vantage over the BPM and CEM electrolyzers.
Rabinowitz et al.[17] discuss the problem of CO2 loss via

carbonate formation in low-temperature CO2 electrolysis. The
energy needed to regenerate CO2 from CO2−

3 in the liquid
electrolyte is ideally 56 kJ mol−1

CO2
(|ΔG0|), but realistically

>230 kJ mol−1
CO2

.[17,75] For the BPM and CEM electrolyzer, where
CO2−

3 is transported out of the electrolyzer in the catholyte outlet,
the additional energy penalty for regeneration of CO2 from CO2−

3
needs to be considered.

In the AEM electrolyzer, CO2−
3 is assumed to be the dominant

ion transferring across the ion exchange membrane in the con-
sidered current density range and for long operation times.[7,16]

CO2−
3 is protonated to CO2 at the anode and leaves the elec-

trolyzer. As more than 80% of the CO2 evolving at the anode is
recycled to the cathode, CO2−

3 is thereby indirectly regenerated.
However, an additional energy penalty needs to be considered
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Table 3. Comparison of the specific energy demand for separating the anodic off-gas compared to literature and the ideally required Gibbs free energy
of mixing.

Ideal Our work Alerte et al.[45] Shin et al.[44]

Separation technology - Gas permeation Amine absorption Pressure swing adsorption

CO2:O2 ratio 2:1 2:1 2:1 1:1

Energy demand (kJ mol−1
CO2

) 2.3 22.2 2 501 1.3

Comment Calculation in Supporting Information Base case Without heat integration Based on shortcut calculation method

for the protonation of CO2−
3 at the anode side due to the shift

in pH and, thus, an increase in the OER overpotential.[76] In this
study, the increased overpotential is already included in the exper-
imental data, which is used to fit the regression model of the elec-
trolyzer.

The energy required to separate CO2 from O2 in the an-
odic off-gas using membrane gas permeation is calculated to
be 22 kJ mol−1

CO2
. Table 3 compares the specific energy demand

for the separation of CO2 and O2 to the literature. The thermo-
dynamically required energy for separating the gas mixture is
2.3 kJ mol−1

CO2
. Alerte et al.[45] report a value of 2 501 kJ mol−1

CO2

for the anode gas separation using amine absorption. The enor-
mous energy demand results from the high heating duty in the
amine regeneration. Therefore, amine scrubbing might not be a
suitable technology for the anodic off-gas separation because: 1)
it is usually not applied for CO2 fractions >25% and 2) certain
amines tend to degrade when brought in contact with O2.[77,78]

Shin et al.[44] employed pressure swing adsorption for the sepa-
ration of a 1:1 mixture of CO2 and O2. Their shortcut calculation
results in an energy demand of 1.3 kJ mol−1

CO2
which is less than

the absolute standard Gibbs free mixing energy of 3.4 kJ mol−1
CO2

for the 1:1 mixture, calculated from Aspen Plus V11. The contra-
diction highlights the importance of more rigorous consideration
of the separation process.

In summary, the indirect regeneration of CO2 from the elec-
trolyte by the ionic crossover of carbonate and subsequent sepa-
ration of the anodic off-gas using membrane gas permeation is
energetically more favorable than regenerating CO2 directly from
the electrolyte by for example, a calcination cycle.[75] Thereby, the
CO2 pumping effect is a cost saver than a cost killer, as often de-
scribed. Moreover, even higher energy efficiency and better eco-
nomics could be achieved when using a liquid-to-liquid anode re-
action without oxygen evolution, as demonstrated by Xie et al.[79]

2.4. Life-Cycle Assessment of Optimized Process

The most economical process configuration is selected for an
environmental assessment. The studied configuration produces
pure CO with an AEM electrolyzer and a two-step membrane sep-
aration process on the cathode side, as shown in Figure 5. Table 4
provides all in- and outputs of the electrochemical CO2 reduc-
tion process.

Conventionally, pure CO is produced from steam methane
reforming (SMR) with subsequent CO separation. Additionally,
we consider water electrolysis with subsequent reverse water-
gas-shift (rWGS) as an alternative CO2-based route for CO
production.[80] Since SMR co-produces H2 and CO in a 3:1 mo-

Table 4. In- and outputs of the studied process configuration.

Inputs Amount Unit

Water 4.01 kg

CO2 feedstock 1.96 kg

Electricity (AEM electrolyzer) 5.86 kWh

Electricity (anodic downstream processing) 0.30 kWh

Electricity (cathodic downstream processing) 0.39 kWh

Outputs Amount Unit

CO 1 kg

Heat (byproduct) 0.02 kWh

H2O (emitted) 3.99 kg

CO2 (emitted) 0.41 kg

O2 (emitted) 0.59 kg

lar ratio, the process is multi-functional. The LCA standards de-
fine two appropriate solutions for multi-functionality to ensure a
fair comparison of process alternatives: substitution and system
expansion. We apply system expansion in our study to avoid po-
tentially misleading negative impacts.[81] Consequently, the func-
tional unit is defined as the production of 1 kg CO and 0.216
kg H2, which corresponds to a 3:1 (H2:CO) molar ratio. H2 re-
quired to fulfill the functional unit for CO2-based CO produc-
tion is supplied from alkaline water electrolysis, as discussed in
the Experimental Section. The primary motivation for developing
carbon capture and utilization processes is decreasing the GWI of
chemical production. Thus, the following section focuses on the
GWI, while results in other impact categories are presented in
Figure S19, Supporting Information. Since cradle-to-gate system
boundaries are applied in our assessment, some carbon is incor-
porated and temporarily fixed in the product leaving the system
boundary. Hence, negative GWI results are possible in cradle-
to-gate studies with CO2 capture. Typically, the incorporated car-
bon is released to the air as CO2 emissions at the end-of-life (e.g.,
combustion) of the product. In this study, the amount of carbon
incorporated into the product leaving the system boundaries cor-
responds to 1.57 kg CO2-eq of combustion CO2 emissions per
functional unit. Figure 12 shows the total GWI with incorporated
(“fixed”) CO2 separately to avoid potentially misleading negative
GWI values.

The environmental impact of carbon capture and utilization
processes is heavily influenced by external parameters such as
the CO2 source and the environmental impacts of electricity and
heat.[81] Thus, we calculate LCA results using four scenarios for
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Figure 12. Global warming impact (GWI) of electrochemical CO2 reduction to CO using an AEM electrolyzer compared to reference technologies for
CO production. For a fair comparison of the processes, the functional unit is expanded to 1 kg CO and 0.216 kg H2. The scenarios represent increasing
levels of decarbonization for CO2, electricity, and heat supply. The dashed lines refer to the total GWI with the release of fixed carbon and the total
cradle-to-gate GWI of the benchmark process steam methane reforming (SMR).

Table 5. Overview of scenarios used in this LCA study.

Status quo EWI 2030 EWI 2050 Wind electricity only

Electricity German mix 2018 EWI 2030 EWI 2050 Wind electricity

Heat Natural gas boiler From electricity From electricity From electricity

CO2 source Coal-fired power plant Coal-fired power plant Direct air capture Direct air capture

feedstock CO2, electricity, and heat. The scenarios represent de-
carbonization levels of the process inputs, as listed in Table 5.

For the production of 1 kg of CO and 0.216 kg H2, the cradle-
to-gate GWI of electrochemical CO2 reduction is 8.77 kg CO2-
eq in the status quo scenario. The GWI is dominated by elec-
tricity production emissions, mainly for AEM electrolyzer opera-
tion and H2 production. With a decreasing GWI of electricity, the
CO/H2 production GWI decreases up to a (cradle-to-gate) mini-
mum of −1.36 kg CO2-eq when only wind electricity is employed.
In the wind electricity scenario, direct emissions of the AEM elec-
trolyzer process contribute over 50% of carbon emissions, replac-
ing electricity as the dominating contributor to GWI.

The conventional fossil-based SMR route has a cradle-to-gate
GWI of 1.04 kg CO2-eq., which is lower for electrochemical CO2
reduction only in the wind power scenario. The advantage of the
SMR process is the co-production of H2, which is replaced by
energy-intensive water electrolysis in the CCU systems. There-
fore, the CCU systems can mitigate emissions only with an
electricity mix based majorly on renewable energy sources or
if H2 production becomes less emission-intensive, for instance,
through efficiency improvements.

Comparing electrochemical CO2 reduction to an alternative
CO2-based route puts the contribution analysis results into con-
text and allows insights into process competitiveness. Thus, GWI

contributors are investigated for water electrolysis with subse-
quent rWGS. For the rWGS route, H2 production is the largest
contributor to the GWI. However, since H2 instead of water is
used as feedstock for the process, the reactor electricity demand
is lower than for electrochemical CO2 reduction. Furthermore,
the rWGS route causes fewer direct CO2 emissions due to higher
rates of CO2 utilization of ≈100%[80] compared to 79% for the
electrochemical route. Consequently, less CO2 must be captured
for the process. In total, rWGS achieves a slightly lower GWI than
electrochemical CO2 reduction, with the difference in GWI de-
creasing with increasing decarbonization levels.

Although rWGS performs slightly better in terms of GWI, the
total GWI is nearly equal for both routes, especially at high decar-
bonization levels. Naturally, this study uses data from the labora-
tory, which usually differs from upscaled process data.[82] These
data gaps are inherent for both compared CO2-based routes,
which is why the environmental superiority of either process can
not be finally ascertained at early stages. Still, early-stage LCA
studies can help identify ecological hotspots and guide process
development. In particular, the electrochemical CO2 reduction
system results from economic optimization and has not been op-
timized environmentally. Thus, future works should implement
a second environmental target function for the electrolyzer sys-
tem optimization.
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For the environmental impacts other than GWI, electrochem-
ical CO2 reduction impacts are higher than SMR impacts in the
status quo scenario in 14 out of the 15 categories, as indicated in
Figure S19. Most impact categories show decreasing trends along
the decarbonization scenarios similar to the GWI. In 11 of 15
categories, however, SMR outperforms electrochemical CO2 re-
duction still in the 2050 scenario, indicating a trade-off between
impact categories. Since LCA results are generally biased in fa-
vor of optimized existing technologies,[83] in-depth studies on
burden-shifting are required before implementing electrochem-
ical CO2 reduction.

3. Conclusions

A process model was developed to optimize the electrochemical
production of CO and syngas, including downstream processing
of the respective product gases by membrane gas permeation.
Our study compares the three ion exchange membranes used
in low-temperature CO2 electrolysis: anion exchange membrane,
bipolar exchange membrane, and cation exchange membrane.
Besides the economics of the process, we also elucidate the eco-
logical impact of the optimized process by applying LCA.

Our results indicate that the AEM-based electrolyzer is best
suited for CO production due to low electricity costs and capi-
tal costs for the electrolyzer. The calculated CO production costs
of around 796 €/tCO are already competitive to reported market
prices for CO. Furthermore, the LCA of the optimized process
shows potential for GWI mitigation by electrochemical CO2 re-
duction, albeit only if renewable electricity is available. The eco-
nomic and environmental analyses emphasize that decreasing
the electricity consumption of the AEM electrolyzer should be
prioritized. Moreover, to replace fossil-based synthesis routes,
that is, steam methane reforming completely, not only CO but
also H2 needs to be replaced, calling for continuous improvement
of water electrolysis as a key technology for CCU development.

Most surprisingly and against the often ascribed detriment,
our study showed that the CO2 pumping effect in the AEM elec-
trolyzer does not significantly impair the economics of the pro-
cess. Quite the contrary, the release of CO2 at the anode and the
subsequent separation and recycling using gas permeation of-
fers an efficient indirect regeneration of HCO−

3 and CO2−
3 . Future

work, therefore, needs to focus on elucidating the energetics and
long-term stability of this operation mode.

The BPM electrolyzer configuration shows the lowest produc-
tion costs for syngas with H2:CO ratios of 1:1 and 2:1, mainly
attributed to the lower costs for additional H2 production from
water electrolysis. The holistic optimization reveals that the pro-
cess for syngas production is economically more promising when
H2 is purchased from water electrolysis and not co-produced with
CO in the CO2 electrolyzer. Thus, electrochemical membrane re-
actors for CO2 reduction to CO need to be optimized for the se-
lective synthesis of CO and not for the co-electrolysis to syngas.
This finding is also supported by the strong sensitivity of produc-
tion costs to changes in Faradaic efficiency, as demonstrated in
our sensitivity study.

Moreover, our results highlight membrane-based gas sepa-
ration as a suitable technology for downstream processing in
electrochemical CO2-to-CO conversion. The low costs of poly-
meric membrane modules, the variety of selective membrane

materials, and the flexibility in flowsheet design offer advan-
tages compared to other conventional separation technologies.
Even though product purification contributes slightly to the over-
all process economics, the LCA showed that recycling of CO2
should be further optimized to decrease direct emissions and re-
quired CO2 capture. However, we expect a trade-off with the en-
ergy consumption of purifying and recycling the off-gas. Hence,
bi-objective optimization will be necessary to evaluate this trade-
off.

4. Experimental Section
Lead Contact: Further information and requests for resources and ma-

terials should be directed to and would be fulfilled by the lead contact,
Matthias Wessling (manuscripts.CVT@avt.rwth-aachen.de).

Materials Availability: This study did not generate new
unique reagents.

Data and Code Availability: The data and codes used in this study are
available from the corresponding authors upon reasonable request.

Overall Process Scheme: Figure 3 shows the block flow diagram of the
overall process for electrochemical conversion of CO2 and H2O to either
pure CO or a mixture of CO and H2. In the anodic half-cell of the reactor,
oxygen evolved from water oxidation in the oxygen evolution reaction. The
produced oxygen was vented to the atmosphere in processes with a CEM
and BPM electrolyzer. In the case of an AEM electrolyzer, the outlet stream
on the anode side also contained CO2 attributed to carbonate and bicar-
bonate crossover. In this study, the treatment of the anodic outlet stream
was optimized by either venting the CO2/O2 mixture or separating and
recycling CO2.

In the cathodic half-cell of the electrolyzer, CO2 was electrochemically
reduced to CO and H2 evolved in the hydrogen evolution reaction. Both
gases left the electrolyzer together with unreacted CO2 and water vapor
resulting from humidification of the CO2 feed and water uptake in the gas
diffusion electrode.

After electrolysis, the resulting gas mixtures were separated to meet
the required product specifications. The first step of the downstream pro-
cessing comprised water removal from the anodic and cathodic outlet
gas stream using adsorptive dehumidification. The removal of water was
considered to protect the following process units from corrosion, wa-
ter condensation, or swelling. The anodic and cathodic product streams
were separated using membrane gas permeation. The membrane pro-
cess comprised multi-stage compressors with intercooling and gas per-
meation membranes. The arrangement of compressors and membranes,
the choice of membrane materials, and the recycling of separated CO2
were degrees of freedom in the optimization. For the production of syn-
gas, water electrolysis was considered to produce pure H2, which was then
mixed with the CO/H2-rich stream from CO2 electrolysis. The mixing ra-
tio was optimized by the solver. The process units were explained in more
detail in the following sections.

The process model, including models of the different unit operations,
was implemented in the General Algebraic Modeling System (GAMS). To
optimize the present nonlinear problem (NLP), the Branch-And-Reduce
Optimization Navigator (BARON) solver was chosen to find initial values,
and the CONOPT solver was applied to identify the optimum. The model
structure was adapted from the work of Scholz et al.[84]

Electrolysis Process: For the techno-economic assessment of the elec-
trolysis process, five parameters were required to estimate the economics
of the process: 1) the current density (j); 2) the cell voltage (V); 3) the
Faradaic efficiency (FEi) for i = CO, H2; 4) the CO2 conversion rate; and 5)
the geometrical electrode surface area (Ageom). This data was usually de-
termined in experiments or calculated using rigorous mathematical mod-
els that account for mass transport and electrochemical reaction kinet-
ics. The parameters describing the electrolysis performance in this study
were taken from representative experimental studies.[5,11,12] The current
density was chosen as the optimization variable. The cell voltage and the
Faradaic efficiencies were calculated for the given current density based on
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regression curves that were fitted to experimental data so that each per-
formance indicator is described by

y = f (x, 𝛽), yT = (V, FEi) and xT = (j) (4)

where y is the performance indicator which is either the cell voltage or the
Faradaic efficiency, x is the current density that is to be optimized, and 𝛽

are the fitting parameters 𝛽0, 𝛽1, …, 𝛽n that are adapted so that the regres-
sion curve matches the experimental data. The regression analysis was
conducted in Microsoft Excel. The experimental data taken from the liter-
ature, the regression curves, and the coefficients of determination were
listed in Equations (S1)–(S6), Supporting Information.

The amount of gas produced, Ṅi, in the electrochemical reactions is
calculated from Faraday’s law

Ṅi =
j × FEi × Ageom

z × F
(5)

Here, z is the number of electrons transferred in the electrochemical
reaction, and F is the Faraday constant. The conversion rate of CO2 in the
electrolysis was assumed to be constant but was varied within a sensitivity
study. The energy consumption of the electrolyzer was calculated from the
current density and the cell voltage.

Pelec = j × Ageom × V (6)

Adsorptive Dehumidification: Adsorptive drying of the electrolysis off-
gases was considered to minimize the risk of water condensation in the
compressors and swelling of the gas separation membrane. The invest-
ment and operation costs were approximated using a shortcut equa-
tion derived from data from Scholz et al.[85]

Compressor: The compressors were modeled as multi-stage isentropic
compression with interstage cooling. The compression ratio and the num-
ber of compression stages were optimization variables in this work. The
isentropic outlet temperature Tout of each compression stage is calculated
from

Tout = Tin ×
(

pout

pin

)(𝜅−1)∕𝜅
(7)

where Tin is the inlet temperature, pin and pout are the inlet and outlet
pressure, and 𝜅 is the isentropic exponent. The power consumption of
the compressors Pc to compress a molar flow Ṅ is determined by

Pc = Ṅ × 𝜅

𝜅 − 1
× R × (Tout − Tin) (8)

Gas Permeation Membrane: Membrane processes were known to
be flexible in operation, for example, for fast start-up/shutdown, eas-
ily scalable by numbering up, and cost-effective when using polymeric
membranes.[48] Furthermore, gas permeation technology was already im-
plemented on a larger scale in, for example, air separation, natural gas
processing, and biogas upgrading.[86,87] In this study, different mem-
brane materials for the separation of the electrolysis off-gases had been
evaluated.[88–91] The membrane materials had been selected according to
reasonable selectivity values and the availability of permeance data for the
respective gases. Even though some of these membranes were not yet
commercially available, they were based on polymers that were produced
on an industrial scale.

The membrane model was discretized along the length using a constant
step size. The species flux Ji through the membrane was modeled using
the solution-diffusion model (SDM)

Ji = Qi × 𝛿 × (yr,i × pr − yp,i × pp) (9)

where Qi is the permeance of species i in the membrane, 𝛿 is the thickness
of the selective layer of the membrane, which is assumed to be 0.5 μm
for all membrane materials due to missing information in the respective

references. yr, i and yp, i are the molar fractions of i in the retentate and the
permeate, respectively. pr and pp are the absolute pressures on the feed
and permeate side.

Temperature gradients due to heat dissipation, the Joule–Thomson ef-
fect, and pressure losses were neglected. Furthermore, constant perme-
ances and ideal gas behavior were assumed. The membrane module con-
figuration, the membrane material selection, the membrane area, and the
stage-cut were optimized in this study. Figure S4, Supporting Information,
presents the considered process configurations.

The gas permeation process for separating the anodic outlet gas stream
was modeled using a surrogate model in the overall process flowsheet to
reduce complexity and computational costs. The surrogate model was de-
rived from separate simulations in which the aforementioned membrane
processes were optimized for different CO2:O2 ratios and flow rates. The
optimization results were fed into a regression model to fit the anodic gas
separation performance.

Economic Evaluation: For the optimization of the process, the specific
production costs PC (€/tproduct) of either CO or syngas were chosen as the
objective function. Thus, the optimization problem was to minimize PC.

PC = 1
mproduct

× (CCtotal × dyear + OCtotal) (10)

Here, mproduct is the mass of product per year, CCtotal are the capital
costs of the plant, dyear is the depreciation factor calculated from the life-
time of the plant and the interest rate, and OCtotal are the yearly opera-
tional costs. The production capacity of the plant is set to 80 000 tCO a−1,
which is the amount required for producing, for example, toluene diiso-
cyanates (TDIs) in a typical world-scale plant, assuming stoichiometric
conversion.[92] For comparison of the CO and the syngas production pro-
cesses, the higher heating value HHVi of the final product stream was
taken constant. The heating value defined the amount of energy in the fuel
(here, either CO or syngas). The heating value for a product stream of
80 000 tCO a−1 calculated to 808 900 MJ a−1. From this value, the amount
of syngas to be produced was calculated as 45 200 t a−1 (1:1) and 32 900 t
a−1 (2:1). The HHVi for CO and H2 is tabulated in Table S2, Supporting In-
formation.

Capital Costs: The capital costs are the sum of the capital costs of each
process unit. The capital costs of the electrolyzer CCelectrolyzer were calcu-
lated based on an investment cost analysis for a H2 fuel cell.[93] The bare
module costs BCelectrolyzer of the electrolyzer were calculated per geomet-
ric electrode area and comprised cost for the electrodes, the ion exchange
membrane, and surroundings, including aluminum end plates, bipolar
graphite plates, and busbars for electricity supply. All parameters on the
calculation of the BCelectrolyzer for each electrolyzer type are given in the
Supporting Information.

CCelectrolyzer = BCelectrolyzer × Ageom (11)

Capital costs for the compressor CCcompressor were estimated with
Guthrie’s method.[94,95] This method allowed the calculation of the bare
module costs of the compressor BCcompressor based on reference costs C0
for the equipment with a reference compression duty S0.

BCcompressor = C0 ×
(

S
S0

)𝛼

(12)

In this equation, S is the required compression duty determined in the
optimization, and 𝛼 is the scaling factor, which considered the economy
of scale and is, therefore, lower than 1. The reference values and the scal-
ing factor were taken from Biegler at al.[94] and are tabulated in Table S1,
Supporting Information. The capital costs of the compressor were then
calculated to

CCcompressor = BCcompressor × UF × (MPF + MF − 1) (13)
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where UF is the update factor, MPF is the material and pressure factor,
and MF is the module factor. UF took into account the change in price
level between 1969 and now. MPF and MF accounted for the material and
size of the compressor.

The capital costs of the membrane module CCmembrane were calculated
based on the required membrane surface area Amem and area-specific
membrane module costs for polymeric membranes BCmembrane, listed in
Table S1, Supporting Information.[96]

CCmembrane = BCmembrane × Amem (14)

Capital costs for drying the electrolysis off-gas before compression were
calculated using data for adsorptive drying from Scholz et al.[85]

Operation Costs: Operation costs included expenditure on utilities
OCutilities, that is, energy and reactants, CO2 emissions OCemissions, re-
placement of electrolyzer, and gas permeation membrane components
OCreplacement, as well as maintenance costs OCmaintenance.

OCtotal = OCutilities + OCemissions + OCreplacement + OCmaintenance (15)

Energy was consumed in the electrolyzer and the compressor units.
The utility costs for electrical energy UCelectricity in the base case scenario
are taken to 0.09 €/kWh. The utility costs for reactants UCi comprise CO2
and H2 from water electrolysis. Expenses for water were neglected. For
the base case, a CO2 price of 25 $/t was assumed, which was calculated
for carbon capture from flue gas.[97] For the AEM electrolyzer, the ratio of
recycling CO2 from the anodic off-gas is a degree of freedom in the op-
timization. In the case of recycling, the expenses for purifying CO2 from
the anode were considered according to Equation (S9), Supporting Infor-
mation. Costs for H2 were considered for the production of syngas. H2
was produced in water electrolysis and implemented as a shortcut equa-
tion described in theSupporting Information. The ratio of purchased H2
from water electrolysis is optimized in this study. The operation costs for
utilities are calculated to

OCutilities = tyear ×
(

UCelectricity × (Pc + Pelec) + UCCO2
× ṁfeed,CO2

+ UCH2
× ṁwater electrolysis,H2

)
(16)

In this equation, tyear is the annual operation time of the plant, and
ṁfeed,CO2

and ṁwater electrolysis,H2
are the required mass streams of CO2

in the feed of the CO2 electrolyzer and H2 from water electrolysis, both
calculated in the optimization.

As CO2 was separated from the desired product but not fully recycled,
additional costs for the emission of purged CO2, ṁpurge,CO2

, need to be
considered. Emission costs were also considered for the processes with
an AEM electrolyzer, where CO2 is not recovered from the anodic off-gas.
Emitters of CO2 need to buy certificates from the European Union to re-
lease CO2 to the environment. The CO2 certificate price ECCO2 assumed
in this study is 25 €/t.

OCemissions = ECCO2 × ṁpurge,CO2
× tyear (17)

Replacement of the electrodes, the ion exchange membrane, and the
gas permeation membrane was also considered in the operation costs.
The lifetime, tlifetime, of the electrodes and ion exchange membrane was
taken to 2.5 years.[98] After this operation period, the parts had to be ex-
changed. For the gas permeation membranes, a lifetime of 5 years was
assumed.[96] The replacement costs were summed up over the plant life-
time, tplant, of 20 years and then depreciated per year.

OCreplacement = dyear × tplant ×

(
1

tlifetime, electrolyzer
× (BCIEM + BCcatalyst)

+ 1
tlifetime, membrane

× BCmembrane

)
(18)

Maintenance of the components of the CO2 electrolyzer and the gas
permeation membrane process was assumed to be 2.5% of the total cap-
ital costs depreciated per year.

Life-Cycle Assessment: While the motivation for developing carbon cap-
ture and utilization (CCU) processes was greenhouse gas (GHG) emission
mitigation, this goal was not always achieved. For instance, GHG emis-
sions from fossil-based energy consumed by the CO2-based route could
outweigh the GHG reduction from CO2 capture. In order to ensure tar-
geted global warming impact (GWI) mitigation compared to the incum-
bent technology, a thorough environmental assessment of the electro-
chemical CO2 reduction process was necessary. LCA is a holistic method
to assess the environmental impact of products and services across the
entire life cycle, that is, “from cradle to grave”. The LCA methodology is
standardized in ISO 14040 and ISO 14044.[56,57]

LCA studies of CO2-based CO production in the literature cover mul-
tiple routes: reverse water-gas-shift (rWGS),[80,81,99–101] dry reforming
of methane (DRM),[80,81,99,100] A solid oxide electrolyzer cell (SOEC)
route,[101] and the purification of CO-containing basic oxygen furnace
gas[102] had been assessed in comparison to the fossil benchmark tech-
nology, namely, steam methane reforming (SMR). The studies concluded
that rWGS and DRM supplied with current electricity mixes were not com-
petitive to SMR in terms of GWI.[80,81,99,100] However, the GWI of rWGS
and DRM decreased with increasing shares of renewable electricity gener-
ation, allowing GWI mitigation compared to SMR.[100] Main contributors
to the GWI were H2 production and the electricity demand.[80,81,99–101]

Kibria Nabil et al.[101] approximate the SOEC for CO production with
an energy demand from industrially available CO2 electrolyzers. The au-
thors found the SOEC route to perform better in terms of GWI than both
rWGS and SMR at a 50% share of renewable electricity and recommend re-
newable syngas production as a promising case for industrial application.
Some general insights result from the limited number[103] of LCA studies
on products of electrochemical CO2 reduction: Electricity requirements for
conversion and product separation were the biggest contributors to GWI
for gas and liquid products, respectively.[101] Accordingly, the electricity
supply’s GWI was a main influencing parameter in LCA of electrochem-
ical CO2 reduction.[101,103] At the methodological level, Somoza–Tornos
et al.[103] found that LCA studies on electrochemical CO2 reduction use dif-
fering assumptions, particularly concerning multifunctionality, that is, the
co-production of multiple valuable products. Specifically, the avoidance
of conventional co-product production may result in a carbon credit or
“avoided burden” for the studied process.[56,57] For instance, Kibria Nabil
et al.[101] assumed a carbon credit for H2 as a byproduct of electrochem-
ical CO2 reduction processes. The authors noted that H2, although co-
produced only in small amounts, impacts the GWI significantly due to the
high emission intensity of conventional H2 production.

In comparative LCA studies, the LCA practitioner might exclude identi-
cal life-cycle stages for all compared systems.[56,57] For instance, fossil and
CO2-based production processes yielding an identical product (either CO
or syngas), rendering the use phase and disposal of the product identical
between production processes were compared. Thus, a “cradle to gate”
LCA study in this work, which includes the extraction of resources and the
supply chain up to the production of the studied product was performed.

According to ISO 14040,[56] production systems could only be com-
pared fairly if they fulfill the same function. Thus, the so-called “functional
unit” is defined, which quantitatively described the qualitative function of
a system and served as a basis for comparison. The function of the elec-
trochemical CO2 reduction process is the production of a given amount
of either pure CO or syngas with an H2:CO molar ratio of either 2:1 or 1:1.
In contrast, the conventional steam methane reforming (SMR) process
produced syngas with a 3:1 molar ratio,[80] rendering a direct comparison
unfair. To enable the comparison of SMR and electrochemical CO2 reduc-
tion, system expansion was applied and the functional unit was defined as
the production of 1 kg CO and 0.216 kg H2, which corresponded to a 3:1
molar ratio as illustrated in Figure 13.

Electrochemical CO2 reduction was modeled according to the process
configuration identified as most promising from the economic optimiza-
tion and is introduced in the results section. Since electrochemical CO2
reduction produced either pure CO or synthesis gas with a H2:CO ratio
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Figure 13. System boundaries and functional unit of the LCA study.

lower than 3:1, the remaining part of H2 required for the functional unit
was assumed to be produced by alkaline water electrolysis. CO produc-
tion by reverse Water-Gas-Shift (rWGS) is modeled according to Sternberg
et al.[80] To produce the functional unit, the rWGS system was equally ex-
panded by H2 production from alkaline electrolysis.

Since the literature showed that the environmental impact of CCU tech-
nologies varies drastically with the assumptions made for electricity, heat,
and CO2 feedstock supply,[104,105] a sensitivity analysis on these assump-
tions was provided. Particularly, the environmental impact in four scenar-
ios representing different decarbonization levels was evaluated as intro-
duced in Table 5. As background data for the LCA study, the ecoinvent
v3.8 database was used in the cutoff system model where not otherwise
specified.[106] The system model specified how end-of-life recycling emis-
sions were handled in the calculations. The ecoinvent association recom-
mended using the cutoff system model.[107]

An electricity grid mix was calculated for each scenario, which was sup-
plied to electrochemical CO2 reduction, rWGS, and water electrolysis. To
be consistent with the electricity prices assumed in the economic opti-
mization, the German electricity mixes were modeled for 2030 and 2050
according to prognoses by the Institute of energy economics at the Univer-
sity of Cologne (EWI).[68] For detailed information on electricity modeling
for the scenarios EWI 2030 and EWI 2050, please refer to the Supporting
Information. For the status quo scenario, the current German electricity
mix[106] was chosen, which is the basis of the EWI scenarios. Finally, a
scenario with 100% wind electricity was considered a lower boundary for
the GWI of electricity production.

Heat production was assumed from electricity with a conservative 95%
efficiency for all scenarios except the status quo, where heat was produced
via the combustion of fossil fuels. As the CO2 source, carbon capture from
a coal-fired power plant was assumed for the status quo and EWI 2030
scenarios, modeled according to Schreiber et al.[108] With higher levels of
renewable electricity production, carbon capture from a coal-fired power
plant cannot be assumed as the standard technology. Instead, direct air
capture (DAC)[104] was considered for the EWI 2050 and wind power only
scenarios. H2 was assumed to be produced from alkaline water electrolysis
in all scenarios and modeled according to Koj et al.[109]

Both electrochemical CO2 reduction and rWGS produced some off-
heat, which cannot be used directly in the respective processes. Since heat
integration with other processes was not necessarily possible, any off-heat
was assumed to be dissipated. For the impact assessment, the Environ-

mental Footprint 3.0 methodology is employed, as recommended by the
European Commission.[58]
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Supporting Information is available from the Wiley Online Library or from
the author.
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